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A comprehensive three-dimensional numerical model is developed to simulate forestry residues gasiﬁca-
tion in a ﬂuidized bed reactor using Eulerian–Lagrangian approach. The complex granular ﬂow behaviors
and chemical reaction characteristics are addressed simultaneously. The model uses an Eulerian method
for ﬂuid phase and a discrete particle method for solid phase, which takes particle contact force into
account. Heterogeneous and homogenous reaction rates are solved on the Eulerian grid. The numerical
model is employed to study the gasiﬁcation performance in a lab-scale pine gasiﬁer. A series of simula-
tions have been performed with some critical parameters including temperature, equivalence ratio and
steam to biomass ratio. The model predicts product gas composition and carbon conversion efﬁciency
in good agreement with experimental data. The formation and development of ﬂow regimes, proﬁles
of particle species, and distributions of gas compositions inside the reactor are also discussed.
 2012 Elsevier Ltd. Open access under CC BY license.1. Introduction
A reliable, affordable and clean energy supply is of major impor-
tance for society, economy and the environment and will prove to
be crucial in the 21st century. Biomass energy is now accepted as a
promising alternative. The promise includes a widely available,
renewable and CO2 neutral resource, suited for modern applica-
tions for power generation, fuels and chemicals. Biomass is by far: +86 25 83795508.
 license.the most applied renewable at this moment and a further increase
is believed to be possible (Kirkels and Verbong, 2011). Biomass
fuels are usually classiﬁed into four main categories: agriculture,
forestry, municipal solid wastes (MSW) and different kinds of bio-
mass energy crops. As co-products, forestry residues are wastes
associated with the processing of forest products such as prunings,
wood sawdust, bark, needles, wood chips (Liao et al., 2004).
Gasiﬁcation is a clean and highly efﬁcient conversion process
that offers the possibility to convert various feedstocks to a wide
variety of applications (Kirkels and Verbong, 2011). The ﬂuidized
bed gasiﬁer is potentially efﬁcient due to the high particle heating
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between the gas and the individual particles, which ensures a rea-
sonably uniform product quality (Xue et al., 2011).
Modeling and simulation can be helpful for optimizing the bio-
mass gasiﬁer design and its operation (start up, shutdown, etc.)
with minimal temporal and ﬁnancial costs (Ahmed et al., 2012).
The reported mathematical models for biomass gasiﬁer are primar-
ily classiﬁed into three groups: thermodynamic equilibrium mod-
els, kinetics models and multiphase computational ﬂuid dynamics
(CFD) models. Due to the complexity of the gasiﬁcation process,
i.e., involving many phases and various chemical and physical
interactions among them existing work is focused on kinetics mod-
els and equilibrium models (Ahmed et al., 2012). Only a few mul-
tiphase CFD trials have been reported to simulate ﬂuidized bed
biomass gasiﬁer. Based on the description of the solid phase, there
are two approaches: Eulerian–Eulerian (EEM), a continuum ap-
proach for both phases (Batchelor, 1988; Gidaspow, 1994); Euleri-
an–Lagrangian (ELM), a continuum approach for the ﬂuid and a
discrete particle method for solid phase (Cundall and Strack,
1979; Tsuji et al., 1993; Snider, 2001). The two-ﬂuid continuum ap-
proach averages both ﬂuids and solids by a statistical procedure
and treats the solids phase as a pseudo continuum. However, the
models do not recognize the discrete character of the solid phase.
In thermal reacting ﬂow, the solid not only changes size from
chemistry, but the rate of reactions and temperatures can depend
on solid characteristic (Snider et al., 2011). The Eulerian–Lagrang-
ian approach handles variable and time dependent particle sizes in
a natural way by tracking each individual particle sizes with its
physical properties (Gómez-Barea and Leckner, 2010). The tradi-
tional discrete element method (DEM) is restricted by the limit
of computer memories for detections of particle collisions as the
number of particles increases. If coupled with chemical reactions
computation is more and more complicated and expensive (Wang
et al., 2009). Most reported multiphase CFD models in literature
are either for biomass gasiﬁcation in entrained ﬂow gasiﬁers or
for ﬂuidized bed gasiﬁcation using EEM (Xue et al., 2011; Fletcher
et al., 2000; Nguyena et al., 2012). Recently, Papadikis et al. (2008,
2009) used two- and three-dimensional Eulerian framework com-
bined with only one discrete particle for simulating fast pyrolysis
of biomass in ﬂuidized bed gasiﬁers. Oevermann et al. (2009) pre-
sented the Euler–Lagrange/DEM simulation of wood gasiﬁcation in
a bubbling ﬂuidized bed reactor. However, the investigations are
restricted to two-dimensional setting and the discrete particles
have large size (3 mm and 4 mm) with limited number.
A novel form of Eulerian–Lagrangian approach is employed in
this paper. The numerical methodology is on a basis of multiphase
particle-in-cell (MP-PIC) method where each particle has three-
dimensional forces from ﬂuid drag, gravity, particle collision stress,
static-dynamic friction, and possibly other forces (Snider, 2007).
Andrews and O’Rourke (1996) ﬁrst described the formulation of
the MP-PIC equations and a one-dimensional implementation to
demonstrate the method. Snider (2001) extended the MP-PIC
numerical scheme to be three-dimensional, with the robust and
fast interpolation operators.
The objective of this study is to develop a three-dimensional
Eulerian–Lagrangian model for predicting the performance of the
ﬂuidized bed biomass gasiﬁcation by simulating the complex gran-
ular ﬂow and chemical reaction simultaneously. Different sets of
simulations are performed to examine the effects of reactor tem-
perature, equivalence ratio and steam to biomass ratio on product
gas composition and carbon conversion efﬁciency. The model is
validated by comparisons between the prediction and experimen-
tal data. Granular ﬂow patterns, proﬁles of particle species, distri-
butions of gas compositions and other important characteristics
inside the reactor are also investigated.2. Method
In the comprehensive three-dimensional numerical model, the
gas phase is treated as continua and the solid phase is modeled
as discrete particle. The particle momentum description follows
the MP-PIC method. Complex particulate ﬂow, mass and heat
transfer, homogeneous and heterogeneous chemistry between
phases and within the ﬂuid mixture are taken into account. The
contact force is modeled on each particle as a spatial gradient. A re-
duced set of reactions described the major chemistry for the for-
estry residues gasiﬁcation and the reaction rates are solved on a
grid cell. Solid consumed or produced leads to the change of parti-
cle size.
2.1. Gas phase
The gas dynamics is described by a set of averaged Navier–
Stokes equations. Turbulence is included via a Large-Eddy ap-
proach using the Smagorinsky sub-grid model. The mass, momen-
tum and energy conservation of the two-phase mixture are
satisﬁed by exchange terms in the gas-phase mass, momentum
and energy equations, respectively (Snider, 2001; Snider et al.,
2011).
For the mass balance the conservative form is:
@ðhgqgÞ
@t
þr  ðhgqgugÞ ¼ d _ms ð1Þ
where ug, hg, qg represent the gas velocity vector, volume fraction
and density, respectively. d _ms is the gas mass production rate per
unit volume from particle–gas chemistry.
The transport equations for the individual species in the gas
phase can be written as:
@ðhgqgYg;iÞ
@t
þr  ðhgqgYg;iugÞ ¼ r  ðqgDhgrYg;iÞ þ d _mi;chem ð2Þ
where Yg,i is the mass fraction of each gas species. d _mi;chem denotes
the net production rate of species due to gas phase chemical reac-
tions. The coefﬁcient D means the turbulent mass diffusivity which
is related to the viscosity by the Schmidt number correlation
l/qgD = Sc. The standard value of Schmidt number is 0.9 (Snider
et al., 2011).
The gas phase momentum equation is:
@ðhgqgugÞ
@t
þr  ðhgqgugugÞ ¼ hgrpþ F þ hgqgg þr  ðhgsgÞ ð3Þ
where p is the mean ﬂow gas thermodynamic pressure; sg is the gas
stress tensor and g is the gravitational acceleration. F is the rate of
momentum exchange per unit volume between the gas and solid
phases.
The constitutive equation for the stress sg is
sg;ij ¼ l @ui
@xj
þ @uj
@xi
 
 2
3
ldij
@uk
@xk
ð4Þ
where l denotes the shear viscosity which is the sum of the laminar
shear viscosity and a turbulence viscosity based on the Smagorinsky
model. The large eddies are directly calculated and the subgrid scale
turbulence is modeled. The turbulence viscosity is
lt ¼ C2qfD2
ﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
@ui
@xj
þ @uj
@xi
 2s
ð5Þ
The subgrid scale eddy coefﬁcient C is set to 0.01 (Snider et al.,
2011), and the length scale is 4=(4x4y4z)1/3.
The gas phase energy equation in terms of enthalpy equation
can be written as
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@t
ðhgqghgÞ þ r  ðhgqghgugÞ ¼ hg
@p
@t
þ ug  rp
 
þ /r
 ðhgqÞ þ _Q þ Sh þ _qD ð6Þ
where hg is the gas enthalpy; u is the viscous dissipation; and _Q is
an energy source per unit volume. In this work, the contribution of
viscous dissipation is ignored and there is no energy source. The
term Sh represents the conservative energy exchange from the solid
phase to the gas phase. The gas heat ﬂux is
q ¼ kgrTg ð7Þ
where kg is the gas thermal conductivity consisted of a molecular
conductivity and an eddy-conductivity from Reynolds stress. The
correlation between the eddy-conductivity and turbulent Prandtl
number is Prt = cplt/kt. In this study, the standard value of the Pra-
ndtl number of 0.9 is used (Snider et al., 2011). _qD is the enthalpy
diffusion term.
The mixture enthalpy is related to the species enthalpies by
hg ¼
XNi
i¼1
Yg;ihi ð8Þ
where the summation is over all gas species Ni. The species enthal-
py depends on the gas temperature by
hi ¼
Z Tf
T0
Cp;idT þ Dhf ;i ð9Þ
where Dhf,i is the heat of formation at reference temperature T0 and
Cp,i is the heat speciﬁc at constant pressure for species i. The pres-
sure is given by the equation of state for an ideal gas as:
p ¼ qgRTg
XNi
i
Yg;i
Mwi
ð10Þ
where R is the universal gas-constant and Mwi is the molecular
weight of gas species i.
2.2. Solid phase
In the Eulerian–Lagrangian method, the particle momentum
equation is based on the multiphase particle-in-cell (MP-PIC) mod-
el. The dynamics of the particle phase is calculated by solving a
transport equation for the particle distribution function (PDF) f.
The transport equation is derived from Boltzmann-BGK approxi-
mation model of gas dynamics. The improved expression for colli-
sion damping time of particle velocity ﬂuctuations includes the
effects of the particle material coefﬁcient of restitution and non-
equilibrium particle velocity distributions (O’Rourke and Snider,
2010). Here, the solid phase adopted the modiﬁed model of Snider
et al. (2011).
For simplicity, it is assumed that f is a function of particle spatial
location xs, particle velocity us, particle mass ms, particle tempera-
ture Ts and time t. Thus f(xs, us, ms, Ts, t)dusdmsdTs is the average
number of particles per unit volume with velocities in the interval
(us, us + dus), mass in the in the interval (ms, ms + dms), and temper-
ature in the interval (Ts, Ts + dTs).
The transport equation for f is (O’Rourke and Snider, 2010)
@f
@t
þ @ðfvÞ
@x
þ @ðfAÞ
@v ¼
fD  f
sD
ð11Þ
where A is the particle acceleration; fD is the PDF for the local mass-
averaged particle velocity; and sD is the collision damping time.
A ¼ dus
dt
¼ Dsðug  usÞ  1qs
rp 1
hsqs
rss þ g þ Fs ð12Þwhere Ds is the interphase momentum transfer coefﬁcient which
depends on the particle size, velocity, position and time. hs is the
solids volume fraction; qs is the solid mass density and ss denotes
the particle contact normal stress. The particle friction per unit
mass, Fs is opposite and limited to the relative particle motion,
and only becomes important at very low particle ﬂow at near close
pack (Snider, 2007).
The drag correlation is taken fromWen and Yu (1966). The drag
coefﬁcient Cd distinguishes between the Stokes and the transient
regime on the one hand and the Newton regime on the other hand
(Oevermann et al., 2009).
Ds ¼ Cd 38
qg
qs
jug  usj
rs
h2:65g ð13Þ
Cd ¼
24
Re ð1þ 0:15Re0:687Þ; Re < 1000
0:44; ReP 1000
(
ð14Þ
Re ¼ 2qg jug  usjrs
lg
ð15Þ
The equation for solid movement is
dxs
dt
¼ us ð16Þ
The particles volume fraction is deﬁned by f
hs ¼
Z Z Z
f
ms
qs
dmsdusdTs ð17Þ
and the sum of volume fractions of gas and particle phases equal
unity, hg + hs = 1. The gas mass source in Eq. (1) is
d _ms ¼ 
Z Z Z
f
ms
dt
dmsdusdTs ð18Þ
The interphase momentum transfer in Eq. (3) is
F ¼ 
Z Z Z
f ms Dsðug  usÞ  rpqs
 
þ us dmsdt
 
dmsdusdTs ð19Þ
In this study, the energy from the solid is the sensible heat and
the heat of formation. It is assumed that the particle temperatures
are uniform within the particles and there is no heat release due to
chemical reaction within the particles. The heat release from reac-
tion occurring on the surface of particles contributes negligibly to
the surface energy balance. It does not affect total energy conserva-
tion of two-phase mixture, but only affects in which phase the heat
is released (Snider et al. 2011). The conservative energy exchange
in Eq. (6) is
Sh ¼
Z Z Z
f ms Dsðus  ugÞ2  CV dTsdt
 
 dms
dt
hs þ 12 ðus  ugÞ
2
 
dmsdusdTs ð20Þ
where hs is the particle enthalpy. The terms with the factor 1/2(us-
ug)2 and Ds(us-ug)2 can be negligible in low Mach number ﬂow.The
lumped-heat equation for the particle is
CV
dTs
dt
¼ 1
ms
kgNug;s
2rs
AsðTg  TsÞ ð21Þ
where CV is the speciﬁc heat of the particle, and Nug denotes the
Nusselt number for heat transfer from the gas to the particle.
2.3. Chemical reaction models
The chemistry is speciﬁed as mass-action kinetics. The chemical
reactions are expressed by stoichiometric equations and reaction
Table 1
Heterogeneous and homogeneous reaction rates (Snider et al., 2011; de Souza-Santos,
2004; Gómez-Barea and Leckner, 2010).
Reaction rate expression / mol m3 s1
r1;f ¼ 1:272msT expð22645T ÞcH2O
r1;r ¼ 1:044 104msT2 expð6319T  17:29ÞcH2OcCO
r2;f ¼ 1:272msT expð22645T ÞcCO2
r2;r ¼ 1:044 104msT2 expð2363T  20:92Þc2CO
r3;f ¼ 1:368 103msT expð8078T  7:087ÞcH2
r3;r ¼ 0:151msT0:5 expð13578T  0:372Þc0:5CH4
r4 ¼ 4:34 107hpT expð13590T ÞcO2
r5 ¼ 2:78 103 expð1510T Þ½cCOcH2O 
cCO2 cH2
0:0265expð3968=TÞ
r6 ¼ 5:62 1012 expð16000T ÞcCOc0:5O2
r7 ¼ 3:552 1011 expð15700T ÞcCH4 cO2
r8 ¼ 3:552 1011 expð15700T ÞcC2H4 cO2
r9 ¼ 1:63 1011 exp T1:5ð3430T Þc1:5H2 cO2
r10 ¼ 3:0 105 expð15042T ÞcCH4 cH2O
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ﬁcients based on Arrhenius law are empirically ﬁtted with experi-
mental data. In this work, the cell-average gas–solid chemistry
calculation is adopted. The cell chemistry uses properties mapped
from discrete numerical particle properties to the grid, and the cell
particle properties used in chemistry vary from cell to cell depend-
ing on the particle distribution. The reaction rates are calculated at
each computational time-step for every grid cell. Mass, momentum
and energy are transferred between solid and gas phases through
heterogeneous chemistry. The Arrhenius coefﬁcient is expressed
as (Snider et al. 2011).
k ¼ A0mC1s TC2 expðE=RT þ E0Þ ð22Þ
where A0 is the pre-exponential constant; E is the activation energy;
E0 is the activation energy constant; R is the universal gas constant;
and C is the constant. T denotes solid–gas ﬁlm temperature which is
the average of the particle temperature and bulk gas temperature.
The particle concentration is given as mass per volume and
ms = qshs is the solid mass of ﬁxed carbon per cell volume. The par-
ticle concentration can also be the volume of particles per volume
or mean diameter per volume (Snider et al., 2011).
2.3.1. Pyrolysis
Primary pyrolysis and secondary conversion cause the biomass
to thermal decompose into following most relevant compo-
nents:biomass ? H2O, CO, CO2, H2, CH4, other light hydrocar-
bons(CxHy), tar(g), char(s)
In the present work, it is assumed that the biomass devolatiliza-
tion takes place instantaneously. This seems to be justiﬁable inso-
far as Difelice et al. (1999) investigated the devolatilization time of
wood particle in a ﬂuidized bed operating at 800 C. The particle
diameter less than 1 mm needs less than 5s. There are some uncer-
tainties about the tar existence after the secondary pyrolysis.
Investigations show that the heat of wood pyrolysis is relatively
small and that the amount of the inert tar is small (Oevermann
et al. 2009). To simplify the problem, a heat-neutral pyrolysis step
is adopted and the amount of inert tar is ignored. The char consists
of carbon and ash. Sulfur and nitrogen are not taken into account
for their little amount. The composition of biomass after pyrolysis
includes H2O, CO, CO2, H2, CH4, C2H4, carbon(s) and ash(s). The
quantities of these compositions are determined based on some
experimental data, as well as the proximate and elemental analysis
(Thunman et al., 2001).
2.3.2. Heterogeneous reactions
The char produced through the pyrolysis process is consumed
by heterogeneous reactions of combustion and gasiﬁcation. In cur-
rent model, the complex heterogeneous reaction at the solid sur-
face is not modeled. Instead, the total consumption rate of solids
is deﬁned by the reaction rates. The time rate of change of mass
of individual particles dms/dt is related to the total rate of change
of molar concentration of solid carbon d[C(s)]/dt by the volume
of the particles (Snider et al. 2011).
dms
dt
¼ hgMwc
qshs
ms
d½CðsÞ
dt
ð23Þ
where Mwc is the molecular weight of carbon.
The heterogeneous reactions include:
CþH2O$ COþH2 ðR-1Þ
Cþ CO2 $ 2CO ðR-2Þ
0:5CþH2 $ 0:5CH4 ðR-3Þ
2Cþ O2 ! 2CO ðR-4ÞThe ﬁrst three equations are modeled as equilibrium reactions
which take reverse reactions into account. Rates for heterogeneous
reactions depend on both mass of particles per volume and volume
of particles per volume. The rate expressions for (R-1), (R2), (R-3)
and (R-4) are summarized in Table 1.
2.3.3. Homogeneous gas phase reactions
In present work the homogeneous gas phase reactions include
CO, H2, CH4 and C2H4 combustion reactions, water–gas shift reac-
tion and methane steam reforming reaction:
COþH2O$ CO2 þH2 ðR-5Þ
COþ 0:5O2 ! CO2 ðR-6Þ
CH4 þ 2O2 ! CO2 þ 2H2O ðR-7Þ
C2H4 þ 3O2 ! 2CO2 þ 2H2O ðR-8Þ
H2 þ 0:5O2 ! H2O ðR-9Þ
CH4 þH2O! COþ 3H2 ðR-10Þ
Only the water–gas shift reaction is modeled as an equilibrium
reaction which favors the production of CO and H2O at relatively
high temperatures and CO2 and H2 at low temperatures. The equi-
librium of the last ﬁve equations is far on the product side under
typical gasiﬁcation conditions. For simplicity, reverse reactions are
neglected here (Oevermann et al. 2009). The rate expressions for
(R-5)  (R-10) are also listed in Table 1.
2.4. Numerical solution
The gas phase equations are discretized in ﬁnite volume form
with staggered scalar and momentum nodes. A SIMPLE solution
scheme is used to adjust pressure and gas velocity to satisfy gas
continuity. The momentum, energy and pressure equations are
solved with a conjugate gradient solver, and each particle momen-
tum, motion and energy ordinary differential equations are directly
solved. The chemistry ordinary differential equations are calcu-
lated using a stiff, sparse ODE solver (Snider et al., 2011).
In the MP-PIC scheme, particle properties are mapped to and
from the Eulerian grid to obtain grid-properties for the particles.
Gas properties are, in turn, mapped to discrete particle locations
(Snider et al., 2011). The interpolation operator is the product of
interpolation operators in the three orthogonal directions. For a par-
ticle located at xs, where xs=(xs, ys, zs), the x-directional component of
the interpolation operator to grid cell n is an even function. SxnðxsÞ is
Table 2
Characteristics of pine sawdust and operating conditions
(Lv et al., 2004; Nikoo and Mahinpey, 2008).
Moisture content (wt.%) 8
Proximate analysis (wt.% dry basis)
Volatile matter 82.29
Fixed carbon 17.16
Ash 0.55
Ultimate analysis (wt.% dry basis)
C 50.54
H 7.08
O 41.11
N 0.15
S 0.57
Particle diameter (mm) 0.3–0.45
Absolute density (kg/m3) 556
Char density (kg/m3) 1300
Flow rate (kg/h) 0.445–0.512
Reactor
Temperature (C) 700–900
Pressure (Pa) 101325
Air
Temperature (C) 65
Flow rate (Nm3/h) 0.5–0.65
Pressure (Pa) 101,325
Steam
Temperature (C) 154
Flow rate (kg/h) 0.6–1.2
Pressure (Pa) 400,000
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(Snider, 2001):
SxnðxsÞ ¼
0 xn1 P xs P xnþ1
1 xs ¼ xxi

ð24Þ
The y and z interpolation operators have a similar form. The par-
ticle volume fraction at cell n from mapping particle volume to the
grid is (Snider, 2001).
hsn ¼ 1Vn
XNs
k
msk
qsk
nskSsnk ð25Þ
where Vn is the grid volume; ns is the number of particles in a
numerical particle each containing a cloud of particles with identi-
cal particle velocity us, mass ms, temperature Ts located at position
xs; and the summation is over all numerical particles Ns. The new
time step particle location is
xnþ1s ¼ xns þ Dtunþ1s ð26Þ
and the particle velocity is updated from integration of Eq. (12)
(Snider, 2007)
unþ1s ¼
uns þ Dt½Dsunþ1g;s  1qsrpnþ1s  1qshsrsnþ1s þ g þ Fs
1þ DtDs ð27Þ
The subscript ‘‘s’’ on gas properties (p, ug) indicates the gas
property is interpolated to a particle location.
Particle-to-particle collisions are modeled by the particle nor-
mal stress which is an approximation of collective effects of neigh-
bor particles on a particle. The MP-PIC method makes use of spatial
gradients because they are readily calculated on the Eulerian grid
and then apply the gradient to discrete particles. The particle stress
is derived from the particle volume fraction which is in turn calcu-
lated from particle volume mapped to the grid. The particle normal
stress model used here is (Snider, 2001).
s ¼ Psh
b
s
max½ðhcs  hsÞ; eð1 hsÞ ð28Þ
where the constant Ps has units of pressure, and hcs is the particle
volume fraction at close packing. b is the constant, 2 6 b 6 5. The
e is a small number on the order of 107 to remove the singularity.
The gas momentum equation implicitly couples gas and parti-
cles through the interphase momentum transfer. The numerical
interphase momentum transfer per volume at momentum cell n
is (Snider et al., 2011).
Fnþ1n ¼
1
Vn
XNp
k
Sn;pk Dskðunþ1g;sk  unþ1sk Þ 
1
qsk
rpnþ1sk

þ 1
msk
dms
dt
us

nskmsk ð29Þ
The particle drag and properties are interpolated to the grid cell.
2.5. Computational domain, initial and boundary conditions
The experimental data in this study are taken from gasiﬁcation
of pine sawdust in a laboratory scale ﬂuidized bed gasiﬁer at atmo-
spheric pressure (Lv et al., 2004). The experimental set-up com-
prises four primary parts: a ﬂuidized bed reactor, feedstock
introducing section, steam and air providing and preheating sec-
tion. The total height of the reactor is 1400 mm, with a ﬂuidized
bed diameter of 40 mm and a freeboard diameter of 60 mm. The
biomass feed was supplied by a variable speed screw feeder. Air
was used as the ﬂuidizing agent. It was provided by a compressor
and introduced into the reactor below the distributor with the
temperature of 65 C. The steam was produced in steam generatorand heated to 154 C. The produced gas ﬂow exited from the top of
the reactor. Table 2 shows the feedstock characteristics and oper-
ating conditions. At the beginning of the experiment, the reactor
was charged with 30 g silica sand (particle size 0.2–0.3 mm) as
bed material. When the bed temperature reached the desired level
and remained steady, the air and steam supply began and the
screw feeder was turned on. Details of the experiment can be
found from Lv et al. (2004).
The reactor domain has been discretized with a uniform Carte-
sian grid. The grid cell size is 4 mm  2 mm  8.75 mm (Dx 
Dy  Dz). Inlet and boundary conditions are modeled to match
the experiments as close as possible. Heated air ﬂows through
the distributor with 25 holes. The steam enters the reactor with
0.4 MPa. The forestry residues feeding rate from the experiment
is transformed into the particle injection rate. At the outlet, gas
phase adopts out-ﬂow boundary condition and outlet pressure is
ﬁxed to atmosphere. The reactor is ﬁlled at the beginning of the
calculation with 30 g silica sand the volume fraction of which is
0.48 (Wang et al., 2009). To prevent excessive compression of par-
ticles, the solid close pack volume fraction is set as 0.5. The initial
conditions are corresponding to the conditions of the real reactor
after heated up with pure nitrogen. The particle normal-to-wall
momentum retention coefﬁcient is 0.2 and the tangent–to-wall
retention coefﬁcient is 0.99. The time step of 2.0  104s is used.
Equivalence ratio (ER), carbon conversion efﬁciency (gc), and
average relative error (ARE) are deﬁned as follows (Buragohain
et al., 2012; Nikoo and Mahinpey, 2008):ER ¼ weigh oxygenðairÞ=weigh dry biomass
stoichiometric oxygenðairÞ=biomass ratio ð30Þ
gc ¼
total carbon content in the outlet stream
total carbon content in the feed stream
 100% ð31Þ
ARE ¼ 1
n
Xn
i¼1
experimental valuemodel predicted value
experimental value
				
				
 100% ð32Þ
Fig. 1. Flow patterns transition with time: (a) the particles colored by particle volume fraction; (b) the particles colored by particle species.
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3.1. Flow patterns
In the ﬂuidized bed, air was used as the ﬂuidizing agent and
introduced into the reactor below the distributor. The system
contains three types of particles: silica sand, carbon and ash.
Fig. 1 illustrates the formation and development of granular ﬂow
regimes with time. Flow patterns transformation colored with
particle volume fraction is shown in Fig. 1a. The large bubbles
or intense slugs (void structures) form when gas ﬂows up the
distributor. The growth can be observed whereas the coalescence
and eruption are difﬁcult to identify because of the high gas
velocity. Particles gradually move up driven by gas-particle
interactions. After t = 0.4 s, the particle proﬁle shows the rela-
tively steady state. The particle volume fraction decreases along
the reactor height.
Fig. 1b displays the proﬁle of particle species as a function of
time. The solid carbon, silica sand and ash particle are tagged with
blue, red and green, respectively. At the beginning the silica sand as
bed material are located at bottom of the reactor, and then the pine
sawdust is introduced to the bed. At the early stage, three types of
particles are in a segregated state. As time goes on, ﬂuid drag force
and particle contact force make different kinds of particles mix
with each other. At t = 0.4 s, the heavy carbon particles reach to
the bottom of the bed and penetrate into the sand. High gas veloc-
ity causes the upward motion of sand in the bottom layer easier
but only few carbon particles are entrapped in the bottom layer.
As a result, a more signiﬁcant mixing takes place in the higher re-
gion (Zhang et al., 2009).
3.2. Comparisons with experimental results
3.2.1. Effect of reactor temperature
Operating temperature plays an important role in the forestry
residues gasiﬁcation. Fig. 2 shows the prediction comparison with
experimental data in the temperature range from 700 to 900 C
while keeping other parameters constant. All species are dry-gas
molar contents.Fig. 2. Comparison of predicted results and experimental data versus different reactor tem
Effect on gas composition, solid lines and closed points for experimental data, dashed liThe variation of product gas composition with temperature is
presented in Fig. 2a. It is observed that the results predicted by
present model generally agree with the experimental data. The
average relative error of the ﬁve gas species is about 17%. The
content of CH4 decreases with the increasing temperature as the
higher temperatures favor the endothermic reaction of methane
steam reforming. Consequently, the molar fraction of H2 presents
an increasing trend with temperature. It can be seen that the pre-
dicted H2 contents compare well with the experimental data
above the temperature of 800 C. The results might relate with
the principal reason as follows. Tar is a complex mixture of
condensable hydrocarbons, which includes single ring to 5-ring
aromatic compounds along with other oxygen-containing hydro-
carbons and complex PAH (Devi et al., 2003). High temperature
favors an increase in density of hydroxyl, which are efﬁcient
oxidants. Due to the PAH oxidation process, production of tar is
reduced at higher temperatures (Wijayanta et al., 2012). Elevated
temperature also results in the carbon compounds cracking
(Eriksson et al., 2012). The tar content is ignored in the calculation,
and the effects on product gas composition deplete with increas-
ing temperature. Similar deviations were observed in previous
work (Nikoo and Mahinpey, 2008). The variation of H2 molar
fraction is small, compared to that of experimental data. Therefore,
the molar fractions of CO and CO2 change slightly with increasing
temperatures. The ethylene shows a not clear decreasing trend,
which is attributed to the neglect of possible steam reforming
reaction.
Fig. 2b illustrates the experimental and predicted carbon con-
version efﬁciency with different temperatures. Higher temperature
improves the gasiﬁcation process and increases the carbon conver-
sion. There is good agreement between the simulation and exper-
imental results. The average relative difference is less than 5%. The
present model did not consider the tar and light hydrocarbon,
which is the main reason for overestimation of carbon conversion
efﬁciency especially in lower temperatures.
3.2.2. Effect of equivalence ratio (ER)
Fig. 3 portrays the predicted results and experimental data ver-
sus air ratios in the range of 0.21–0.25. The equivalence ratio hasperatures, biomass feed rate = 0.445 kg/h, air = 0.5Nm3/h, steam rate = 1.2 kg/h: (a)
nes and open points for predictions; (b) effect on carbon conversion efﬁciency.
Fig. 3. Comparison of predicted results and experimental data versus different ER, biomass feed rate = 0.512 kg/h, temperature = 800 C, steam rate = 0.8 kg/h: (a) Effect on
gas composition, solid lines and closed points for experimental data, dashed lines and open points for predictions; (b) effect on carbon conversion efﬁciency.
Fig. 4. Comparison of predicted results and experimental data versus different steam to biomass ratios, biomass feed rate = 0.445 kg/h, temperature = 800 C, air = 0.5 Nm3/h:
(a) effect on gas composition, solid lines and closed points for experimental data, dashed lines and open points for predictions; (b) effect on carbon conversion efﬁciency.
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mal operation, more air introduced into the reactor raises the gas-
iﬁcation temperature, which can accelerate the gasiﬁcation
reaction and improve the product quality to a certain extent (Lv
et al., 2004). On the other hand, complete oxidation of carbon
would reduce quantity of CO in the gas, which is the principal com-
bustible component in the product gas (Buragohain et al., 2012).
The total fraction of combustible species decreases at the higher
ER. Fig. 3a shows the variation of product gas composition with
air ratio. The predicted molar fraction of CO2 increases while thatof CO reduces with the increasing ER. The H2 content is practically
constant in the ER range of 0.21–0.25, which is attributed to the
two contradictory effect of ER. Higher temperature strengthens
the methane steam reforming reaction which decreases the CH4
concentration. The results from the model show fairly good agree-
ment with results from experiments. The average relative error is
only about 7%.
The predicted and measured carbon conversion efﬁciencies
with air ratio are compared in Fig. 3b. As mentioned above, the
ER has two opposing inﬂuence. Initially, the oxidation reaction
Fig. 5. Molar fraction distributions of gas compositions, biomass feed rate = 0.445 kg/h, temperature = 800 C, air = 0.5 Nm3/h: (a) steam = 0.6 kg/h, S/B = 1.35;
(b) steam = 0.9 kg/h, S/B = 2.02; (c) steam = 1.2 kg/h, S/B = 2.7.
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gen. Carbon conversion efﬁciency gradually increases with the
increasing temperature. Higher air ratio increases the availability
of oxygen to produce more CO2, and the oxidation reaction
C + O2? CO2 is dominant (Barman et al., 2012). It is obvious that
carbon monoxide production consumes more carbon than carbon
dioxide production for the same oxygen content (Lv et al., 2004).
The carbon conversion efﬁciency shows a decreasing trend. As a re-
sult, the optimal value of ER equal to 0.23 in the experiments. For
the reaction C + aO2? (2 – 2a)CO + (2a  1)CO2, the product
distribution coefﬁcient (a) changes with oxygen amount which isset as 0.5 in our model. Therefore, the predicted value of carbon
conversion efﬁciency exhibits an increasing trend in the whole
range.
3.2.3. Effect of steam to biomass ratio (S/B)
Fig. 4 shows comparisons of the predictions and experimental
data versus steam to biomass ratios varies from 1.3 to 2.7. The
product gas composition can be observed from Fig. 4a. The molar
fraction of CO reduces with increasing steam to biomass ratio,
while those of CO2 and H2 increase due to interaction between
CO and H2O. The introduced low temperature steam decreases
Fig. 5 (continued)
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shift reaction. Notwithstanding the augmented steam favors the
methane steam reforming reaction, the low reactor temperature
has the contradictory effect. Consequently, the variation of CH4
with the steam to biomass ratio is negligible as compared with
the other gases. A comparison between the predicted results and
the experimental data shows good conformance. The average rela-
tive error is about 8%.
Fig. 4b compares the predicted carbon conversion efﬁciencywith
the measured data. The prediction value remains slightly higher
than the experimental data since the tar was ignored in our model.
Carbon conversion efﬁciency exhibits a reducing tendency owing to
the inordinate amount of low temperature steam in the reactor.
3.3. Distributions of gas compositions
Fig. 5 shows the molar fraction distributions of the ﬁve major
gas species in the reactor (a half slice at y = 0) versus different
steam to biomass ratios. The overall proﬁle of each gas composi-
tion is fairly consistent in various conditions. The highest molar
fractions of CO are observed at the particle inlet level due to the
existence of a large number of carbon particle and devolatilization.
The CO2 contents remain almost constant along the whole height
of the reactor. The quantity of CO2 can be compensated by the
homogeneous combustion and water–gas shift reactions in the
higher region. The molar fractions of CH4 and C2H4 are highest
close to the feeder and decrease along the gasiﬁer height as a result
of devolatilization. The H2 content proﬁles have the similar trends
whereas more hydrogen is produced by water–gas shift and meth-
ane steam reforming reactions in the freeboard region. As shown in
Fig. 5a–c, the steam injection can obviously affect the gas proﬁle
nearby. With the increase of steam rate, the horizontal gap of the
gas concentration is gradually distinct at the injector level.4. Conclusion
A three-dimensional Eulerian–Lagrangian numerical model
was developed to study the forestry residues gasiﬁcation in alaboratory scale ﬂuidized bed gasiﬁer. Different sets of simulations
have been performed to investigate the effects of reactor tempera-
ture, equivalence ratio and steam to biomass ratio on product gas
composition and carbon conversion efﬁciency. Comparisons be-
tween the predicted results and experimental data show good con-
formance. The development of granular ﬂow regimes, proﬁles of
particle species and distributions of gas compositions were inves-
tigated. The current model presented a promising way to simulate
the complex gas–solid ﬂow behaviors and chemical reaction char-
acteristics simultaneously.Acknowledgement
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